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G H L I G H T S 


. Impact of reforming technologies in the synthesis of ethanol via indirect gasification of biomass. 

. Lowest ethanol production cost is achieved when partial oxidation is chosen as reforming technology. 
• Thermochemical production of lignocellulosic ethanol is competitive vs. biochemical processes. 
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1. Introduction 

Ethanol from biomass is an attractive fuel that can substitute for 
gasoline in spark-ignition engines. Bioethanol can be produced by 
either thermochemical or biochemical processing, as well as by a 
combination of both. In the thermochemical route, the biomass is 
converted by gasification into synthesis gas, which is then condi¬ 
tioned and converted catalytically into ethanol. In the biochemical 
route, sugars contained in lignocellulosic biomass are extracted 
and fermented into ethanol. In a combined approach the synthesis 
gas from biomass gasification is fermented to produce ethanol. 
Nowadays, there are several demonstration bioethanol plants 
using biochemical processing but none based on thermochemical 
routes. Extensive research and breakthroughs are still necessary 
in both routes to make biomass-to-ethanol plants competitive. 
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Techno-economic assessments of the thermochemical produc¬ 
tion of ethanol from biomass gasification and catalytic synthesis 
have been published [1-6], These works assumed a KCoMoS 2 cat¬ 
alyst with a target performance to be achievable in the short term 
[1], Some studies have analyzed the impact of gasification technol¬ 
ogy (entrained-flow gasification, EFG, and indirect circulating flu¬ 
idized bed gasification, iCFBG) on the economics of 
thermochemical ethanol [1-3,4,5], Comparison between these 
studies is difficult, however, due to the differences in the assump¬ 
tions: (i) A fixed plant configuration for each gasification technol¬ 
ogy was assumed in [1-3] and [5], while optimization of the 
system was made in [4] considering different technologies for gas¬ 
ification, reforming, H 2 /CO adjustment and C0 2 removal. Optimiza¬ 
tion was carried out in [4] using shortcut models, whereas rigorous 
models were used in [1-3,5]; (ii) The criterion for plant design 
used in [2-4] was energy self-sufficiency (null import or export 
of electricity and/or useful heat), whereas this was not a constraint 
in [5,6]; (iii) Polygeneration was considered in [4] where any 
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Nomenclature 



ATR 

autothermal reforming/reformer 

SMR 

Steam methane reforming/reformer 

EFG 

entrained flow gasification/gasifier 

SPARG 

Sulfur passivated reforming 

iCFBG 

steam-air indirect circulating fluidized bed gasification/ 

TR 

Tar reforming/reformer 


gasifier 

WGSR 

Water gas shift reactor/reaction 

MESP 

minimum ethanol selling price 



POX 

partial oxidation 




excess hydrogen produced was sold with significant profits. The 
different hypotheses and methods assumed in the referenced 
works lead to opposing conclusions about ethanol production: 
The authors in [1-3] and [5] concluded that, for a 227 ML/yr etha¬ 
nol plant and biomass price of 35 $/dry tonne, processes based on 
iCFBG resulted in a lower ethanol cost than those based on EFG, 
while in [4] the opposite result was concluded. Therefore, the main 
conclusion from this comparison is that selection of gasification 
technology for catalytic ethanol production is not clear: it depends 
largely on economic and design assumptions, such as prices of bio¬ 
mass, by-products and utilities as well as other factors like 
whether the sale of excess hydrogen (polygeneration) and/or en¬ 
ergy self-sufficiency is considered. 

The present article is the second part of a study aimed at the 
evaluation of different types of biomass gasification technologies 
(EFG vs. iCFBG) and mixed alcohol catalysts (Rh-Mn/SiC>2 and KCo- 
MoS 2 ) for the thermochemical production of ethanol. The first part 
of the study assessed processes based on EFG [7] while the present 
article deals with those based on iCFBG according to the following 
decisions: (i) Concerning mixed alcohol catalysts, the Rhodium cat¬ 
alyst is disregarded and only MoS 2 is considered. The reason for 
this is that the first part of the study [7] showed that although 
the current Rhodium catalyst yields higher ethanol selectivity than 
MoS 2 catalysts, its high price negatively affects the production cost 
of ethanol, thereby outweighing its best performance: (ii) Various 
technologies for reforming (autothermal reformer, steam reform¬ 
ing and partial oxidation) and tar removal (catalytic tar reforming 
and oil scrubbing) are considered: (iii) It is imposed that the pro¬ 
cess has to be energy self-sufficient and polygeneration is not con¬ 
sidered. This selected basis allows direct comparison with EFG 
presented in the first part of the study [7], The criterion of energy 
self-sufficiency implies that greenhouse gas (GFIG) emissions in¬ 
curred in the production of ethanol are minimized; and (iv) Cur¬ 
rent and future scenarios are considered on the basis of expected 
development in the most critical areas: catalyst synthesis and 
reforming. In the current scenarios, the processes proposed make 
use of available technologies and state-of-the-art MoS 2 catalysts. 
In the future scenarios, improvement in the performance of the 
MoS 2 catalyst is assumed. Aspen Plus 2006.5 is used as a simula¬ 
tion tool. 

The paper is organized as follows: First, several plant configura¬ 
tions based on iCFBG are proposed for various reforming technolo¬ 
gies. Next, a modeling approach for simulation is addressed as well 
as process design criteria and methodology for economic evalua¬ 
tion. Finally, the performance and economics of the iCFBG cases 
are discussed and compared with EFG cases [7] and state-of-the- 
art production of biochemical ethanol from agricultural residue. 


2. Process design and modeling 

2.1. Process description 

The process proposed comprises six main stages: biomass pre¬ 
treatment (drying, milling), gasification, gas clean-up (removal of 


tars, alkalis and particles), gas conditioning (acid gas removal and 
gas reforming), ethanol synthesis and alcohols separation. The con¬ 
figuration of the plant depends on the method selected for the 
reforming of light and heavy hydrocarbon (Fig. 1). A large amount 
of light hydrocarbons are generated in an iCFB gasifier and, to a les¬ 
ser extent, in the ethanol synthesis reactor. These hydrocarbons 
must be reformed and converted into CO and FI 2 in order to in¬ 
crease ethanol production. The heavy hydrocarbons (tars) gener¬ 
ated in the gasifier must be removed to prevent fouling of 
downstream equipment. Three plant configurations are considered 
on the basis of the light hydrocarbon reforming and tar removal 
methods selected. In two plant configurations (Fig. la and b) tars 
are removed by scrubbing with an organic solvent while light 
hydrocarbons are reformed either by autothermal reforming 
(ATR) or steam reforming (SMR) (Fig. la), or converted by non-cat- 
alytic partial oxidation (POX) (Fig. lb). The removed tars from the 
gas are recycled to the iCFBG to increase the gasification efficiency 
and to avoid the disposal of condensates [8-10], In a third plant 
configuration (Fig. lc), tars and light hydrocarbons are converted 
by steam reforming in the same unit (catalytic tar reformer, TR) 
[1,11,12], The technical feasibility of these options is discussed in 
subtopic 2.2. 

The performance of the state-of-the-art MoS 2 catalyst selected 
in this study is presented in Table 1 [13], The choice of this catalyst 
was made because it was shown to give the lowest ethanol produc¬ 
tion cost among state-of-the-art MoS 2 catalysts [7], Table 1 also 
shows the expected performance improvement of MoS 2 catalysts 
in the long term (10 years) [7], The requirements of MoS 2 catalysts 
significantly dictate the design of the process: 

- Sulfur requirement: MoS 2 catalysts require 50-100 ppm of sulfur 
in the form of H 2 S in the syngas to maintain sulfidity [14], On 
the one hand, there is enough H 2 S in the gas coming from the 
biomass to meet these requirements. On the other hand, the 
H 2 S poisons the reforming catalysts [14], There are various 
ways to overcome this issue depending on the reforming option 
selected as discussed in subtopic 2.2. 

- C0 2 inhibition: The C0 2 in the syngas inhibits the activity of 
MoS 2 catalysts [15], Since C0 2 is produced throughout the pro¬ 
cess (gasifier, reformer and the ethanol synthesis reactor), C0 2 
removal has to be applied. The maximum C0 2 concentration 
in the gas to prevent catalyst inhibition has not yet been estab¬ 
lished. A C0 2 level of 5% v/v is set in this work as the design 
specification for the C0 2 removal process [1 ] in agreement with 
our previous work [7], As MoS 2 catalysts operate at high pres¬ 
sure (50-100 bar) [15], C0 2 physical absorption is favored over 
chemical absorption. The Selexol process has been selected. 

- H2/CO molar ratio: The H 2 /CO molar ratio required by MoS 2 cat¬ 
alysts is relatively low (~1) [15], It is anticipated that when 
SMR, ATR or TR technologies are selected there is an excess of 
hydrogen for ethanol synthesis if no corrective measure is 
taken. Two options to adjust the H 2 /CO are possible, either by 
separating and selling the excess hydrogen, thus polygenerating 
ethanol and hydrogen, or by adjusting the H 2 /CO in the refor¬ 
mer itself. Since polygeneration is not considered in this work, 
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Fig. 1. Plant configuration for the four reforming options considered in this work: (a) steam methane reforming (SMR) and autothermal reforming (ATR); (b) partial oxidation 
(POX); (c) tar reforming (TR). At the bottom the product separation train is shown, common for all the options. Note: dotted line named ATR in option (a) indicates that 
expansion of syngas does not occur in the case of ATR. 


the H 2 /CO is adjusted by recycling C0 2 to the reforming reactor 
[16,17] (see Fig. la and c). Recycling of C0 2 also leads to higher 
carbon conversion to alcohols at the expense of higher power 
consumption for C0 2 removal and compression. A deficit of H 2 
for ethanol synthesis occurs when using partial oxidation and 
a WGSR is necessary to adjust the H 2 /CO (Fig. lb). 

Finally, an important difference with other techno-economic 
assessments [ 1 -6,11 ] is that the recycling of methanol to the reac¬ 
tor for increasing selectivity to ethanol is not considered. Experi¬ 
mental studies on the effect of recycling methanol are limited 
[18] so further research is necessary to exploit this possibility. 

2.2. Reforming technologies 

The advantages and disadvantages of different reforming op¬ 
tions considered in this work are discussed in the following. They 
are summarized in Table 2. 


2.2.1. Steam methane reforming 

The Sulfur PAssivated ReforminG (SPARG) process by Haldor 
Topsoe has been selected as the steam reforming technology be¬ 
cause it meets the requirements of the MoS 2 catalysts: it generates 
syngas with low H 2 /CO and tolerates H 2 S levels similar to those 
required for ethanol synthesis. The SPARG is a tubular reformer 
operating at low steam to carbon ratios (<1), a high temperature 
(900-950 °C) and with the addition of C0 2 to achieve a low 
H 2 /CO in the gas [19], as well as with a limited amount of H 2 S in 
the feed (5-30 ppm) to control the risk of carbon formation over 
the catalyst [19,20] (sulfur blocks the reforming catalyst sites for 
carbon nucleation leaving sufficient sites for the reforming of 
hydrocarbons). It is not necessary to add H 2 S to the process be¬ 
cause the syngas already contains the required H 2 S for both the 
reforming and synthesis catalysts. However, the H 2 S required by 
the reforming catalyst (5-30 ppm) is lower than that for the syn¬ 
thesis (50-100 ppm) so partial removal of H 2 S is necessary before 
reforming. The syngas also contains small amounts of light olefins 








































































al./Applied Energy 109 (2013) 254-266 


257 


[ alcohol catalyst. 


Conversion 
EtOH yield 3 
T(°C) 

P (bar) 
GHSV b (h ’) 

h 2 /co 


Alcohols 

CH 3 OH 

C2H5OH 

C 3 H 7 OH 


Abengoa Bioenergy 


35.20 

17.69 

14.51 

0.95 

0.85 

1.37 

47.11 

7.52 

35.38 

4.21 


3 CO to ethanol per CO fed to reactor (%). 
b Measured at standard temperature and pressure. 


50 

25 

305 


1300 


35.03 

13.26 

10.96 

0.69 

0.61 

0.99 

51.71 

1.71 
50.00 
0 


from the ethanol reactor and the gasifier, which have to be hydro¬ 
genated to paraffins to prevent carbon deposition over the reform¬ 
ing catalyst [21], Hydrogen for olefin hydrogenation is contained in 
the syngas and hydrotreating catalysts tolerate sulfur [14] so the 
process can be easily implemented. The operating pressure of 
SPARG is lower (10-30 bar) [19] than that in the synthesis reactor 
(—100 bar) so expansion/recompression of recycled syngas is nec¬ 
essary. Replenishment of H 2 S after SPARG is carried out to satisfy 
the H 2 S requirement of MoS 2 catalyst. 


2.2.2. Autothermal reforming 

In the configuration proposed in Fig. la, the ATR operates in a 
similar way to a “secondary reformer” in combined reforming 
since the gas composition to the ATR is similar to that of a partially 
reformed natural gas in such processes (10-40% methane content, 
dry mole) [22], An advantage of using an ATR is that it can operate 
at high pressure [28], close to that of ethanol synthesis, reducing 
power compression for recycling syngas compared to the SMR 
(SPARG) option. In addition, the high operating temperature in 
the ATR (-1000 °C) leads to almost complete conversion of light 
hydrocarbons. However, pure oxygen is required and intense H 2 S 
removal is necessary as ATR catalysts do not tolerate sulfur. 
Replenishment of H 2 S after the autothermal reformer is necessary 
to meet H 2 S requirements of MoS 2 catalysts. 


2.2.3. Non-catalytic partial oxidation 

Partial oxidation is, in principle, the simplest reforming option 
considered in this work. On the one hand, H 2 S removal is not 


needed and compression power to recycle the syngas is low since 
high operating pressure in the POX is possible. On the other hand, a 
high temperature is necessary (—1400 °C) to convert hydrocarbons 
with low steam addition (Steam/Carbon in the feed in the range of 
0-0.15 [22]) leading to a significant consumption of oxygen to 
reach the required temperature, and a raw WGSR downstream 
the POX is necessary to adjust the H 2 /CO required for synthesis. 
Reforming of light hydrocarbons and adjustment of H 2 /CO are car¬ 
ried out in different reactors in conditions which thermodynami¬ 
cally favor each reaction (high temperature for reforming and 
lower temperature for WGS). There is no need to feed water to 
the raw WGSR as there is enough water in the syngas. In the case 
of ABNT’s catalysts, a disadvantage is the maximum operating 
pressure in the WGSR (70 bar [23]), which is lower than that in 
the synthesis reactor (-100 bar), requiring some expansion/ 
decompression in the recycle loop. 

2.2.4. Catalytic tar reforming 

The tar reformer performs the following functions: reforming 
of heavy and light hydrocarbons present in the gas from the gas¬ 
ifier, reforming of light hydrocarbons of the recycled gas from the 
synthesis reactor, and reforming of CO to adjust the H 2 /CO (by 
C0 2 addition) for ethanol synthesis. The steam in the gas from 
the gasifier is enough so that addition of extra steam is not 
needed. The main disadvantages of TR are the deactivation of 
the reforming catalyst by coking and poisoning and the signifi¬ 
cant energetic inefficiency caused by the need for decompres¬ 
sion/recompression in the recycle loop, as the TR operates at 
atmospheric pressure. 

In the present study, it is considered that simultaneous catalytic 
reforming of tars and hydrocarbons takes place in a reactor resem¬ 
bling a FCC unit, with continuous regeneration of the catalyst using 
air [1,11,24], The main challenge of this option is to achieve high 
conversion of tars and light hydrocarbons while facing up catalyst 
deactivation by carbon deposition, sulfur and other pollutants from 
the biomass (chlorine, alkali metals). This concept was chosen in 
past works aimed at techno-economic assessments of thermo¬ 
chemical ethanol production [1-6,11]. The assumed conversion 
of tars and light hydrocarbons has been achieved using a nickel- 
based catalyst regenerated with mixtures of hydrogen/steam but 
a reduced catalyst lifetime due to poisoning is still unresolved 
[25,26], 

3. Process modeling 

This section describes each process area (pre-treatment, gasifi¬ 
cation, gas cleaning and conditioning, synthesis and product sep¬ 
aration), giving details of the modeling of the important pieces of 
equipment. Table 3 presents unit modeling parameters used in 


Table 2 

Pros and cons of reforming technologies for thermochemical production of ethanol with MoS 2 catalysts. 


Reforming technology Advantages 


Disadvantages 


SPARG Process 

Autothermal 

Partial oxidation 


reforming 


- Low H 2 /CO ratio with low steam consumption 

- Only partial removal of H 2 S is necessary 

- High operating pressure entails low recompression 

- High operating temperature favors reforming reactions 

- High operating pressure entails low recompression 
power 

- High operating temperature favors reforming reactions 

- H 2 S removal is not necessary 

- Simultaneous reforming of tars and light hydrocarbons 


- Low operating pressure involves high recompression power 

- Necessary extreme removal of H 2 S 

- Oxygen consumption 

- Oxygen consumption 


- Near atmospheric operating pressure involves very high recompression 
power 

- Regeneration of catalyst 
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Table 3 

Unit modeling used in Aspen Plus. 


Pre-treatment and gasification 

Dryer Modeled as combination of heaters, mixer and Ryield reactor: (1) biomass moisture is reduced from 30% to 12% w/w in a Ryield Reactor at 25 ' 


Mill 

(2) removed water is mixed adiabatically with flue gas (flue gas temperature = 500 °C); (3) wet flue gas transfers heat to dried biomass to heat it 
up to 70 °C. Flow rate of flue gas is adjusted to achieve an outlet flue gas of 150 °C. Electricity consumption: 75 Weh/ton water evaporated 
[Vendor] 

Not modeled in Aspen Plus. Electricity consumption: 8 kWe/MWth biomass. Estimated from [40] 

Gasifier 

Gasification bed: Ryield reactor based on experimental correlations [27], P= 2 bar, fluidization steam at 4 atm and 150 °C; Combustor bed: 
RGibbs reactor at 985 °C and 2 bar, 20% excess air to burn char from the gasification bed. Temperature of gasification bed determined by energy 
balance (see text). Heat loss in the gasifier is assumed 2% of biomass energy input (HHV basis). See [27,38] for more details on gasifier model 


Gas cleaning and conditioning 

Cyclone Modeled as a valve with a pressure drop of AP = 0.031 


HRSG 

Heat exchanger. Outlet syngas temperature = 400 °C. AP = 0.2 bar 

Oil scrubber 

Component separator (Sep). Split fraction of tars = 99.9%, Syngas outlet vapor fraction = 1; stripping air: 0.59 kg/kg syngas, T air = 180 °C [9] 

Water scrubber 
Selexol for H 2 S 
removal 

Adiabatic flash, water flow rate adjusted to 1 m 3 water/1000 m 3 gas [41], AP = 0.5 bar 

Component separator (Sep). Split fraction of water = 100%. Split fraction of H 2 S adjusted to meet H 2 S requirement of corresponding reforming 
technology (see tex). AP = 0.5 bar, T inlet = 40 °C. Low pressure steam consumption (120 °C): 282 kWth/kmol H 2 S removed, Power consumption 
29.6 kWe/kmol H 2 S removed. [35] 

Selexol for C0 2 
foremoval 

Component separator (Sep). Split fraction of water = 100%. Split fraction of C0 2 adjusted to obtained 5% mole C0 2 at inlet reactor. Split fraction of 

H 2 S adjusted to meet H 2 S requirement of ethanol reactor (50 ppmv). Split fraction of CO and H 2 = 1%. AP = 0.5 bar, T inlet = 40 °C. Electrical 
consumption [36] = 205 kje/kg removed C0 2 

ZnO bed 

Component separator (Sep). Adiabatic, AP = 0.25 atm, Split fraction of H2S = 99.9%. 7j n i e t = 375 °C 

Hydrogenation 

Stoichiometric reactor (RStoic). Adiabatic. T in i et = 375 °C, AP = 0.25 bar, Reactions: C 2 H 4 + H 2 -» C 2 H 6 , C 2 H 2 + 2H 2 -> C 2 H 6 . Conversion = 100% 

Raw WGS 

LO-CAT 

Equilibrium reactor (REquil), Isothermal T = 400 °C, AP = 0.5 bar, Reaction: CO + H 2 0 -> H 2 + C0 2 

Stoichiometric reactor (RStoic), Isothermal T= 45 °C, Reaction - H 2 S + l/2 0 2 ->S + H 2 0. Conversion = 100% 

SMR 

Reformer tubes: Chemical equilibrium (RGibbs) P = 17 bar, Outlet temperature = 900 °C. Chemical equilibrium temperature approach = -25 °C. 
Ratio S/C = 1.2 (C in hydrocarbons). C0 2 added to achieve H 2 /CO ratio = 1 at inlet of synthesis reactor 

Combustor: chemical equilibrium (RGibbs) P = 1 atm, T= 1100 °C. 15% excess air 

Combustor satisfies heat demand of reformer tubes by burning a fraction of the feed 

ATR 

Chemical equilibrium (RGibbs) Adiabatic. AP = 0.5 bar. Inlet pressure = 95 bar. Ratio S/C = 1.3 (C in hydrocarbons). C0 2 added to achieve H 2 /CO 
ratio = 1 at inlet of synthesis reactor. Oxygen added to achieve outlet temperature = 1000 °C 

POX 

Chemical equilibrium (RGibbs) Adiabatic. AP = 0.5 bar. Inlet pressure = 70 bar. Oxygen added to achieve outlet temperature = 1400 °C 

Tar reformer 

Reforming bed: stoichiometric reactor (RStoic) P = 2 bar, T = 870 °C, Conversion of hydrocarbons by steam reforming to CO and H 2 [1[: 

CH 4 = 80%, C 2 H 6 = 99%, C 2 H 4 = 90%, Tars = 99.9%, NH 3 conversion to N 2 and H 2 = 90%, WGS reaction in equilibrium; C0 2 added to adjust H 2 /CO 
ratio at inlet of synthesis reactor 

Combustor: chemical equilibrium (RGibbs) P = 1.97, T = 971 °C, 30% excess air 

Combustor satisfies heat demand of reforming bed by burning a fraction of the feed 

ASU 

Not modeled in Aspen Plus. Electricity consumption: 0.3 kWh/kg 0 2 at ambient conditions [41J 

Ethanol synthesis 

Yield reactor (Ryield). Isothermal. Temperature set as shown in Table 1 , AP = 0.5 bar. Component yields calculation based on catalyst 
performance shown in Table 1 (see text) 

Separation section 
Gas-liquid separator 
Stabilizer 

Flash (Flash2). Adiabatic, T inlet = 20 °C, AP = 0.5 bar 

Rigorous distillation model (Radfrac). Key component recoveries: Methanol overheads = 99%. Ethanol bottoms = 99%. Partial condenser. 

P = 2 bar 

Dehydrator 

Distillation train 

Component separator (Sep). Split fraction of water = 99.9% T^t = 150 °C 

Shortcut models (DSTWU). Key recoveries = 99%, Design reflux = 1.1 Minimum reflux 

Power production 

Isentropic model, isentropic = 90%, ^mechanical = 95% 

Gas turbine 

Compresor: Isentropic model. isentropic = 78% [42], f/mcchankai = 99%. Pressure ratio = 17 

Expander: Isentropic model. isentropic = 90% [42], i/ me chanicai = 99%. 

Combustion chamber: chemical equilibrium (RGibbs). Air added to achieve 550 °C at expander outlet (T in i et expander ~1200 °C) 

Auxiliary equipment 


Compressors 

Expander 

isentropic model. isentropic = 78%, t/mechamcai = 99% 

Isentropic model. Global efficiency: q = 80% 

Isentropic model. ^Isentropic = 90%, ^mechanical = 95% 


Aspen Plus categorized by process area. For the sake of compari- 3.1. Pre-treatment 
son with our previous work on EFG based processes [7], a plant 

size of 2140 dry tonne/day of poplar chip (500MW H hv) is se- Biomass is dried in a rotary drum from 30% to 12% wt moisture 

lected. The ultimate analysis of the biomass feedstock is shown by using the flue gas from the combustor chamber of the gasifier, 
in Table 4. 
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The dried biomass is then grinded in a hammer mill to a particle 
size lower than 4 cm. 

3.2. Gasification 

Four iCFB gasifiers were considered, each one of a processing 
capacity of 125 MW H hv- A model of the iCFBG was used [27] based 
on experimental data from the 9 tonne/day test facility of Battelle 
Columbus Laboratory (BCL) [28], The measured data were imple¬ 
mented in the model as correlations in the form of quadratic func¬ 
tions of temperature to predict the dry base mole fraction of CO, 
C0 2 , CH 4 , C2H2, C2H4, C2H6 and the yield of tar (assumed to be 
naphthalene C 10 H 8 ) and char per mass of dry biomass in the gasi¬ 
fication bed. The predictions of the experimental correlations are 
corrected to fulfill the atom balances [27], Table 5 shows the calcu¬ 
lated performance of the gasifier. The ash, char and sand are sepa¬ 
rated from the producer gas with cyclones and sent to the 
combustor bed, which operates at 985 °C. Air is supplied to the 
combustor chamber to burn the char, heating up the sand, which 
is recycled to the gasification chamber to maintain its temperature. 
No external supporting fuel is supplied except for the tars removed 
by the solvent scrubbing step, which are recycled to the combus¬ 
tion bed. 

3.3. Gas clean-up 

The syngas from the gasifier is sent to a high efficiency cyclone 
to remove entrained fine particles in the syngas. In the cases where 
a tar reformer is not used, the syngas is cooled down in a heat 
recovery steam generator (HRSG) to 400 °C to prevent the conden¬ 
sation of tars [8], The syngas is scrubbed with organic solvent, 
removing the tars from the syngas. Then tars are separated from 
the solvent by stripping with a stream of air [8,9], which is then 
sent to the combustion chamber of the iCFBG. The scrubbing sys¬ 
tem is modeled as a simple component separator where the effi¬ 
ciency to capture the tar is set [10] (see Table 3). After this step, 
the syngas is scrubbed with water to remove ammonia, chlorhy- 
dric acid, alkalis and remaining tars, and then compressed to the 
pressure of the reformer, which varies according to the reforming 
technology chosen. 

When tar reforming is selected, one tar reformer is used per 
gasifier. The syngas from the gasifier is mixed with a recycle 
stream from the synthesis reactor before entering the tar reform¬ 
ers. A fraction of the raw syngas from the gasifier is driven to the 
combustion chamber of the TR where it is burnt with preheated 
air to regenerate the catalyst and heat up the sand, which are recy¬ 
cled to the reforming chamber. Preheated C0 2 from the Selexol sys¬ 
tem is also fed to the reforming chamber to adjust H 2 /CO ratio. The 
reforming chamber is modeled as a stoichiometric reactor where 
the conversions for light hydrocarbons and tars are taken from 
[1] (see Table 3) and the WGSR is assumed in equilibrium. The 
combustor chamber is modeled as an equilibrium reactor. The syn- 


Properties of the biomass feedstock (poplar). 


Component 


Dry basis (wt.%) 


Hydrogen 

Oxygen 

Nitrogen 

Sulfur 

Moisture 
HHV (d.b) 


50.90 
6.05 
41.92 
0.17 
0.04 
0.92 
30 wt.% 
20.18 MJ/kg 


Table 5 

Gasifier performance. 


Component 


With tar 
recirculation 


Mole (%) 


Exit gas composition 


14.5 

23.6 
6.9 
43.4 


C 2 H 6 

Tar(C, oH 8 ) 

nh 3 

h 2 s 


2.3 

0.1 

0.15 

0.2 

184 ppmv 


Operating parameters 
Gasification bed 901 “C 

temperature 

Gasification bed pressure 1.5 bar 

Combustor temperature 985 °C 

kg steam/kg dry biomass 0.4 
H 2 /CO molar ratio 0.62 

Cold gas efficiency 3 77% 

Heat loss in gasifier" 2% 


3 HHV basis. Tars are accounted for. 
b Based on heat content of biomass (MW H hv)- 


Without tar 
recirculation 
Mole (%) 


13.5 

23.1 

6.9 

45.0 

8.3 

0.2 


0.16 

0.2 

189 ppmv 


884 °C 

1.5 bar 
985 “C 
0.4 
0.59 
73% 

2% 


gas from the TR is sent to a high efficiency cyclone to remove en¬ 
trained fine particles and then cooled down to 400 °C in the 
superheater of a steam cycle. Then a candle filter is used to remove 
any trace of fly ash together with alkalis to prevent erosion and 
corrosion of the steam generator downstream. At 400 °C most of 
the alkali compounds are deposited on the fly ash captured in 
the candle filter, preventing condensation of solid alkali metals 
[29] as the syngas is further cooled down to 100 °C to produce 
steam and preheat boiler feed water. Then, the syngas is scrubbed 
with water and compressed to the synthesis pressure. 

3.4. Gas conditioning 

As explained in Section 2.1, various plant configurations result 
from the reforming technology chosen. When SMR (SPARG pro¬ 
cess) is selected, the H 2 S in the syngas is reduced to 30 ppmv in 
the Selexol process and the hydrogenation of olefins is conducted 
downstream in a hydrogenation reactor. A fraction of the syngas 
to be reformed is diverted to the burners of the reformer to provide 
the necessary heat. For autothermal reforming (ATR), the syngas is 
desulfurized in two steps: down to 10 ppmv in a Selexol process 
and to levels of ppbv in a ZnO bed. In the case of partial oxidation 
(POX), no previous desulfurization is needed but a raw WGSR has 
to be located downstream to adjust the H 2 /CO ratio. After condi¬ 
tioning, the syngas is compressed to the ethanol synthesis 
pressure. 

In the cases of ATR and SMR (SPARG), a fraction of the H 2 S-rich 
acid gas from the Selexol plant is compressed and driven to the 
ethanol reactor to adjust the H 2 S concentration to 50 ppmv. The 
rest of the acid gas is sent to a liquid-phase oxidation catalytic pro¬ 
cess (LO-CAT) where H 2 S is captured and converted into elemental 
sulfur. A LO-CAT process was selected because it is suitable for a 
low sulfur production scale (<20 tonne/day) [30,31]. 

3.5. Synthesis loop 

The synthesis loop comprises three stages, irrespective of the 
type of reforming technology chosen: Selexol plant, synthesis 
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reactor and gas-liquid separator. The Selexol plant removes C0 2 
to meet 5% mole C0 2 at the reactor inlet. In the case where the 
syngas has not been desulfurized before the synthesis loop 
(reforming options POX and TR), the H 2 S is also removed from 
the syngas to meet 50 ppmv H 2 S at the reactor inlet. The resulting 
H 2 S-rich stream is sent to a LO-CAT process. In the case of TR, the 
resulting C0 2 -rich stream is recycled to the TR to adjust the H 2 / 
CO ratio. 

For all reforming systems the Selexol plant is configured to 
selectively remove C0 2 and H 2 S, obtaining C0 2 -rich and H 2 S-rich 
streams separately to be recycled to the process as commented 
above. Two trains of absorbers are used to selectively remove 
each compound (C0 2 and H 2 S). The solvent from the H 2 S absorb¬ 
ers is regenerated by thermal stripping while that from C0 2 
absorbers by flashing [32], H 2 S is always removed first from 
the syngas due to its higher solubility. For TR and POX cases 
the treated syngas from the H 2 S absorbers is sent to the C0 2 
absorbers whereas in SMR and ATR cases the syngas treated in 
H 2 S and C0 2 absorbers are from different locations of the ther¬ 
mochemical process. The solvent used in the H 2 S absorbers can 
be regenerated solvent, laden-C0 2 solvent from the C0 2 absorb¬ 
ers or a mixture of both depending on the configuration of the 
Selexol plant selected [33,34], The Selexol plant was simulated 
using a simplified model where the H 2 S and/or C0 2 splits frac¬ 
tions were specified to meet the mentioned targets at the reactor 
inlet (see Table 3); the utilities consumption were taken from 
literature [35,36], A rigorous simulation of a Selexol plant [7] 
revealed that 1% of the inlet CO and H 2 are lost during solvent 
regeneration. Therefore, in the simplified model applied in the 
present work, these splits fractions for CO and H 2 were set as 
inputs. 

The syngas from the Selexol plant is preheated to the tempera¬ 
ture of the synthesis reactor, where it is converted into alcohols. A 
catalytic reactor has not been developed for mixed alcohol synthe¬ 
sis but it is expected to be available in the near future by adapting 
commercial methanol synthesis reactors. The synthesis reactor 
was modeled as an isothermal nonstoichiometric reactor where 
the product yield distribution of the catalyst was set (Table 1). 
Water produced in the reactor is calculated by closing the atomic 
balance of oxygen. The effluent of the reactor is cooled to separate 
condensable products from unreacted syngas and light products in 
a knock-out vessel. The condensable products are sent to the sep¬ 
aration train. The amount of unconverted syngas sent to the 
reforming reactor is adjusted to limit the content of light hydrocar¬ 
bons to 8% v/v at the inlet of the ethanol reactor, which is assumed 
as the upper limit below which the conversion in the synthesis 
reactor is not decreased. 


3.6. Separation train 


3.7. Additional aspects on modeling 

The selection of the thermodynamic methods was justified in 
the first part of our study [7], Three thermodynamic methods were 
used: the NRTL method for the distillation train, the RKS-BM equa¬ 
tion of state for the gasification, clean-up, conditioning sections 
and the synthesis loop and the NRTL method with the Redlich- 
Kwong equation of state for modeling the high pressure gas-liquid 
separator. 

The heat integration is carried out with the aim of maximizing 
steam production [7], The power demand of the plant is com¬ 
pletely satisfied by purging syngas to a combined cycle if 
necessary. 

Detailed discussion of assumptions for economic evaluation 
was presented in the first part of the study [7], For each plant con¬ 
figuration, a minimum ethanol selling price (MESP) is determined 
to recover the initial investment plus a 10% rate of return consid¬ 
ering 100% equity financing. The economic parameters for the dis¬ 
counted cash flow analysis are shown in Table 6 and the 
calculation of fixed capital cost and operating costs are included 
in Appendix A. 

4. Results and discussion 

In the first part of this section, the iCFBG-based processes and 
the most economic EFG-based process assessed in [7] are com¬ 
pared for the current state of technology. The discussion is pre¬ 
sented in terms of energy efficiency and process economics. 
Thereafter, a comparative analysis between thermochemical and 
biochemical ethanol production is included. Finally, an outlook 
on the expected performance of the thermochemical route in a 
long-term scenario is given. 

4.1. Energy efficiency 

Fig. 2 shows the energy efficiency to products (energy in prod- 
uct(s)/energy of biomass feedstock on a high heating value basis) 
for the different cases. All iCFBG processes achieve higher energy 
efficiency than the best EFG case analyzed in [7], The reason is that 
the flash pyrolysis pre-treatment selected in [7] to feed biomass at 
high pressure into EFG dramatically lowers the energy efficiency. 
Among iCFBG-based processes analyzed with different reforming 
options, the highest energy efficiency to ethanol and total alcohols 
corresponds to POX. This is a remarkable result if one considers 
that TR has been the reforming option chosen in almost all tech- 
no-economic assessments on thermochemical ethanol [1-6,11], 

The reforming influences the power demand of the plant, hav¬ 
ing a considerable impact on energy efficiency because the plant 
is designed to be energy self-sufficient. Fig. 3 shows that for iCFBG 
processes, syngas compression accounts for most of the power 


The stream of condensates from the gas-liquid separator is 
depressurized and sent to a separation train to recover alcohols. 
The condensates are fed to a stabilizer where dissolved gases and 
methanol are recovered as vapor and liquid distillate, respectively 
(partial condenser), while the rest of the alcohols and water are 
recovered in the bottoms. The resulting alcohol-water stream is 
vaporized, reheated to 150 °C and fed to dehydrators (molecular 
sieves) where the water is completely removed. The alcohols are 
then distilled in a direct sequence. The simulation of the distilla¬ 
tion columns was carried out using rigorous distillation models. 
The molecular sieves were simulated with a component separator 
model where the split fraction for water was set. The separation 
train is designed so that recovered ethanol meets fuel grade etha¬ 
nol standards [37], 


Economic assumptions for discounted cash flow analysis. Working 
capital and cost of land are recovered at the end of plant life. 
TIC = Total installed cost. 


Parameter Value 


Debt/equity 
Plant life 

Depreciation (linear) 

Construction period 
Income tax 
Working capital 
Land 


10% 

0/100% 

20 years 
10 years 
0 M$ 

1 year 
30% 

1-month operating costs 
6% TIC 
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■ Alcohols Efficiency (%HHV) ■ Ethanol Efficiency (%HHV) 



Fig. 2. Energy efficiency to ethanol and total alcohols of the cases studied (X HHV of 
biomass feedstock). Ethanol annual yields (ML/yr): EFG 144.7; iCFBG (i) SMR 167, 
(ii) ATR 157.0, (iii) TR 168.6, and (iv) POX 177.3. 


plant demand, which decreases with reforming pressure. This indi¬ 
cates that the benefit of reducing compression power in high-pres¬ 
sure reforming (ATR and POX) outweighs the energy penalty for 
oxygen consumption. The TR system, which operates at the lowest 
pressure of all reforming systems, demands the largest syngas 
compression power even though the amount of recycled syngas 
is considerable much lower than for other iCFBG cases (56% and 
39% of the recycled syngas for ATR and SMR cases, respectively, 
in terms of mole flow rate). This indicates that for the TR system 
the penalty for recompressing the recycled syngas at low pressure 
is not compensated by the lower amount of recycled syngas. In the 
case of EFG, the power to compress the syngas is negligible as the 
gasifier operates at high pressure and most of the power is con¬ 
sumed in the production and compression of oxygen. 

The difference in energy efficiency found in the various iCFBG 
cases is explained in terms of relative demand of thermal energy 
in the reformer and the combined cycle. Comparison of the differ¬ 
ent cases on the basis of these factors is presented next; (i) In the 
iCFBG POX a large amount of syngas is burnt in the reformer, but 
the steam generated within the process is enough to satisfy the 
power demand in the steam cycle (Fig. 4). Thus, the lowest amount 
of syngas is transformed to thermal energy, resulting in the highest 
efficiency of all cases, (ii) When an ATR is used, less syngas is burnt 
in the reformer but high pressure steam (~100 bar) is needed for 



Fig. 3. Power demands of the process for each case (MWe). Power demand of the 
pyrolysis plant is not included. Notes: (1) in the cases of POX and ATR there is not 
C0 2 compression; (2) other electrical consumptions include pumps, compressors 
and refrigeration cycle. 


reforming making it necessary to burn a large amount of syngas 
in the gas turbine to satisfy the power demand. This leads to the 
case with the lowest energy efficiency, (iii) The TR is the case 
where least syngas is burnt in the reformer and steam addition 
to the reformer is not necessary. However, due to the large power 
demand a significant amount of syngas has to be sent to the com¬ 
bined cycle (Fig. 4). The combination of the above characteristics 
makes TR the case with the second highest energy efficiency. It 
can be concluded that the performance of the process is signifi¬ 
cantly conditioned by the choice of reforming due to the enforce¬ 
ment of energy self-sufficiency of the plant. 

4.2. Process economics 


The breakdown of the minimum ethanol selling price (MESP) 
for the various processes is shown in Fig. 5. It is concluded that 
iCFBG processes are more cost competitive than those based on 
EFG, in agreement with previous research [1-3], The efficiency of 
the EFG process, however, depends on the pre-treatment necessary 
to feed the biomass at high pressure. A flash-pyrolysis has been 
considered [7] but other options such as torrefaction could change 
the MESP significantly. The availability of systems allowing bio¬ 
mass feeding at high-pressure would reduce the costs significantly 
[7]. 

The MESP in iCFBG ranges between 0.75 and 0.96 $/L. The low¬ 
est MESP (0.75 $/L) corresponds to POX, followed by SMR (0.80 $/L) 
and TR and (0.84 $/L). In all iCFBG cases the relative contribution of 




Fig. 5. Minimum ethanol selling price ($/L) for the different technologies studied. 
Figures over bars indicate net MESP, taking into account revenues from co-products. 
Other variable costs include all variable costs but biomass cost. 
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the operating and capital costs on MESP is similar. The highest 
operating costs are biomass costs and fixed operating costs (see 
Fig. 6). The price of biomass was assumed 66 $/dry tonne [7], The 
fixed operating costs are calculated proportionally to capital costs 
as explained in Appendix A. The fixed capital cost for the EFG pro¬ 
cess is 495 M$ while that for the iCFBG processes ranges from 463 
to 522 M$ (Table 7). The largest differences in fixed capital costs 
between EFG and iCFBG are biomass pretreatment, oxygen produc¬ 
tion (ASU), syngas compression and reforming (Table 7). EFG en¬ 
tails higher fixed capital costs of biomass pretreatment and ASU 
but lower costs in reforming and syngas compression than iCFBG, 
operated at atmospheric pressure. Comparison of the gasification 
island cost for EFG and iCFBG cases indicates that for a 500 MWth 
biomass processing capacity the cost of one compact high-pressure 
EFG is estimated to be similar to that of four atmospheric iCFBG 
gasifiers. The fixed capital cost of EFG process is within those of 
iCFBG processes but the much lower energy efficiency of EFG pro¬ 
cess results in higher MESP than iCFBG processes. 

A sensitivity analysis was carried out to assess the effect of 
uncertainty in fixed capital costs (±30%) on the MESP (Fig. 7). The 
results show that EFG cannot compete with iCFBG except in the 
case of ATR. Nevertheless, there is a significant overlapping be¬ 
tween the MESP of the SMR, TR and POX iCFBG cases, meaning that 
there is some uncertainty when establishing the most economic 
option. Therefore, the selection of reforming technology should 
be based on technological rather than economic criteria. Tubular 
SMR and POX units are widely used in industry with natural gas 



Break-down of fixed capit 


: (millions of 2010-year dollars) for each case. Cost of 


Biomass conditioning 

ASU and oxygen compressior 
Gas cleaning and conditionin 
Compression set 
Ethanol synthesis 
Alcohol separation 
Reforming 
Power cycle 

Heat exchanger network 
Total (M$) 




0.5 


0.4 -I-1-1-1-1-1 

EFG iCFBG SMR iCFBG ATR iCFBG TR iCFBG POX 

Fig. 7. Sensitivity of minimum ethanol selling price to ±30% uncertainty in fixed 


a Ethanol efficiency (%HHV) ■ MESP ($/L) 

50% ■ 

45% ■ 

40% ■ 

35% ■ 

30% ■ 
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10% 
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EFG iCFBG iCFBG iCFBG iCFBG 
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Fig. 8. Minimum ethanol selling price ($/L) and energy efficiency to ethanol (% HHV 
basis of biomass input) in future scenario. 

but there is no experience with a synthesis gas with a small frac¬ 
tion of light hydrocarbons. Most probably, SMR would need shorter 
tube lengths to achieve the conversion required here. Complica¬ 
tions are not expected for POX but material performance at high 
temperatures is an important factor to be considered since H 2 S is 
present in the syngas. As a general outlook, adaptation of existing 
technologies (SMR and POX) seems to be feasible. On the other 
hand, TR has yet to be demonstrated, the regeneration of the cata¬ 
lyst being the key concern. As result of the above, it is believed that 
POX is the most coherent choice today. 

A future scenario has also been assessed where it is assumed: (i) 
an improvement in the MoS 2 catalyst (Table 1); (ii) development of 
biomass piston feeders for EFG, which would eliminate the need of 
thermal pre-treatment [7]; (iii) Availability of 250 MWth iCFB gas¬ 
ifiers. The energy efficiency to ethanol and MESPs of this scenario 
for the various processes are shown in Fig. 8. Unlike the present 
scenario, the MESP range is much smaller now indicating that 
selection of reforming technology is not so critical. Once more 
SMR and POX are the iCFBG cases with lowest MESP but EFG case 
would be also as cost-competitive as them if biomass piston feed¬ 
ers were available in the future. The iCFBG ATR case is the most 
costly and energy inefficient option again. 


4.3. Comparison with similar works 

Recently a techno-economic study has been published consid¬ 
ering iCFBG with TR [11], updating the results of previous work 
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Table 8 

Comparison between operating conditions and performances of the catalysts used in 
[11] and this work. 


Table Al 

Cost factors for estimating direct and indirect costs as a percentage of purchased 
equipment cost (PEC) and total installed cost (TIC). 


Abengoa Bioenergy Short term NREL 

Conversion 
EtOH yield 
T(°C) 

P (bar) 

GHSV (h 1 ) 

H 2 /C0 

Methanol recycle 
Selectivity 
C0 2 
HC’s 
Alcohols 
CH 3 OH 
C2H5OH 
C3H7OH 


Direct cost PEC (%) 

Purchased equipment installation 39 

Instrumentation and control 26 

Electrical systems 10 

Building (including services) 29 

Yard improvements 12 

Total direct costs 147% 

Indirect costs TIC (%) 

Engineering and supervision 13.0 

Construction expenses 13.8 

Legal expenses 1.6 

Contractor’s fee 7.6 

Contingency 15.0 

Total indirect costs 51.0 


31.01 

12.88 

55.05 


on thermochemical ethanol production [1], Comparison with our 
work is reasonable as most process design (plant scale, biomass 
type, energy self-sufficiency, tar reforming performance) and eco¬ 
nomic assumptions are similar. The main difference is the use of 
a kinetic model based on a MoS 2 catalyst from the Dow Chemical 
Company. The kinetic model was tuned to increase the specific 
productivity by 20% in order to match the short-term target cata¬ 
lyst performance. Table 8 compares the operating conditions and 
performance of the catalysts used in [11 ] and in this work. The en¬ 
ergy efficiency to alcohols, fixed capital investment, net operating 
cost and MESP reported in [11] were: 46.5% (HHV basis), 516 M$, 
99 M$/yr and 0.57 $/L (adjusted to 2010-year dollars). Despite 
the slightly larger investment and operating costs, the MESP in 
[11] is lower than that of the iCFBG TR calculated in the present 
work, mainly due to the much greater ethanol production achieved 
in [11], Our results suggest that if POX or SMR had been selected 
rather than tar reforming in [11] a lower MESP could have been 
achieved. 

4.4. Comparison with biochemical ethanol production processes from 
agricultural residue 

Comparison between thermochemical and biochemical pro¬ 
cesses for lignocellulosic ethanol production in the current state 
of technology is shown in Table 8. Data for the biochemical process 
was taken from [39] who concluded that the most cost-competi¬ 
tive biochemical process from corn stover with the current state 
of technology corresponded to that based on dilute sulfuric acid 
pretreatment, separate enzymatic hydrolysis and co-fermentation 


of glucose and xylose. As the biomass market is not developed 
yet, the same feedstock price was assumed for wood and com sto¬ 
ver in the analysis. 

According to Table 9, the biochemical process from corn stover 
shows 14-39% higher ethanol production and a 21-26% lower 
investment cost than thermochemical processes from wood. This 
is due to the low selectivity to ethanol of the MoS 2 catalyst and 
the more complex processes and severe conditions in the thermo¬ 
chemical route. However, the biochemical process involves 59% 
higher net operating costs than thermochemical processes due to 
the high price of enzymes for hydrolysis. The lowest MESP is 
achieved by a thermochemical process based on an iCFB gasifier 
and POX technology (0.84 $/L vs. 0.95 $/L of biochemical route). Gi¬ 
ven the uncertainty in capital and operating costs, this result sug¬ 
gests that under the assumption of same feedstock price 
thermochemical processing of woody biomass is a promising path¬ 
way for ethanol production and may be as cost-competitive as the 
biochemical route from agricultural residue. 

4.5. Future work 

The results presented are strongly conditioned by the choice of 
energy self-sufficiency as a design criterion. Future work will focus 
on maximizing ethanol production by importing electricity to sat¬ 
isfy the power demand of the plant, constrained to fulfillment of 
GHG emission standards so that the ethanol produced can be cer¬ 
tified as biofuel. In addition, a kinetic model will be used to simu¬ 
late the performance of MoS 2 based on recent measurements in the 
laboratory. Determination of the optimum operating conditions of 


Comparison of state of technology production of ethanol via biochemical processing [39] with most competitive thermochemical process assessed in our study [7] (2010 year- 
dollars). DAP = Dilute acid pretreatment; EH = enzymatic hydrolysis; CF = co-fermentation; EF = entrained flow gasification. 



Biochemical DAP + EH+ CF 

Thermochemical EF + MoS 2 + ATR 

Thermochemical CFB + MoS 2 + POX 

Feedstock price (S/dry tonne) 

87 

87 

87 

Plant size 3 (dry tonne/day) 

2000 

2140 

2140 

Ethanol production 11 (ML/yr) 

202 

145 

177 

Export of electricity' (MW) 

25.8 

0 

3.4 

Total capital investment 11 (MS) 

395 

533 

503 

Extra revenues" (M$/yr) 

12.3 

21.1 

27.9 

Net operating costs 1 (M$/yr) 

124.5 

78.2 

78.1 

MESP ($/L) 

0.95 

1.09 

0.84 


3 Biomass feedstock for biochemical and thermochemical processing is corn stover (25% moisture) and poplar chips (30% moisture), respectively. 
b 8406 operating hours per year instead of 8000 have been chosen for thermochemical processes for the sake of comparison with biochemical process. 
c Sold to grid, 5.7 cent/kW h credits for electricity. 
d Including working capital. 

' Revenues from co-products or electricity. 

f Fixed and variable operating costs less revenues from co-products or electricity. 
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Table A2 

Data for capital cost calculations of the most important equipment. Scaling equation: Cost/Cost b2 se = (Scale/Scaleb as e) n . 


Unit Base Durchase cost Reference Scale factor Units Base 


(M$) year 

Air separation unit 254.55 2007 

Oxygen compressor 7.82 a 2009 

Selexol plant for C0 2 20.76 1993 

removal 

Selexol plant for H 2 S 5.92 1995 

removal 11 

Autothermal reformer/POX 31.02 2009 

Gas turbine + HRSG 14.93 2000 


(n) scale 

0.70 tonne oxygen produced/day 533.3 

0.70 MWe (electrical 38.23 

consumption) 

0.70 kmol C0 2 removed/h 1868 

0.70 kmol H 2 S removed/h 28.34 

0.67 mfjp output/s 119.6 

0.70 MWe (net power 26.30 

production) 


1.32 


[43] 

[36] 

[35] 

[44] 
[41] 


a The cost of a conventional compressor from a vendor quote is increased by 40% due to special design for oxygen compressors [35], 

b The original cost of Selexol plant for H 2 S removal is increased by 50% for POX, ATR and TR cases due to higher operating pressure than that in Ref. [35] (30 bar). 
c Estimated as Table Al. 
d Scale factor is assumed 0.7 if unknown. 


Table A3 

Data for calculating operating costs. 8000 operating hours per year is assumed. 


Fixed operating costs TIC (%) 

Labor 1.56 

Maintenance 1.50 

General expenses 3.07 

Management and operation services 0.44 

Cost of goods sold-marketing, logistics and others 1.32 

Insurance 0.50 

Total 8.39 

Variable operating costs 

Biomass ($/dry tonne) 66 

ATR catalyst ($/kg) a 10.30 

SMR catalyst ($/kg) b 25.00 

Tar reformer catalyst ($/kg) a 10.30 

MoS 2 catalyst ($/kg catalyst)' 11.57 

Lo-Cat chemical ($/kg sulfur produced) 0.15 

Waste water (S/m 3 ) 0.6 

Boiler chemicals ($/ton) 0.12 

Water demineralization ($/ton) 0.34 

Ash disposal cost ($/ton) 29.02 


a GSHV (standard conditions) = 1780 h \ 25% catalyst replacement per year, 
catalyst density = 910 kg/m 3 . 

b GSHV (standard conditions) = 5000 h ', 15% catalyst replacement per year, 
catalyst density = 1200 kg/m 3 . 

c 20% Catalyst replacement per year, catalyst density = 625 kg/m 3 . 


the synthesis and reforming reactors will be carried out in order to 
encounter the minimum production cost of ethanol. 


5. Conclusions 

The production of ethanol from biomass via indirect circulating 
fluidized bed gasification (iCFBG) and catalytic synthesis has been 
assessed. The focus was on scenarios considering the current state 
of technology, but a future scenario was also examined to provide a 
preliminary assessment of the expected improvement of the syn¬ 
thesis catalyst. A plant of 2140 dry tonnes of wood chip per day 
(500 MWth) was considered with the criterion of being energy 
self-sufficient. In the current scenarios, several process configura¬ 
tions are proposed depending on the choice of reforming technol¬ 
ogy (steam reforming, autothermal reforming, partial oxidation, 
catalytic tar reforming). A patented MoS 2 catalyst is selected as a 
representative state-of-the-art mixed alcohol catalyst. For the cur¬ 
rent state of technology the MESP (minimum selling price of etha¬ 
nol, including 10% return) of iCFBG is in the range of 0.75-0.96 $/L, 
lower than that of EFG (0.98 $/L). Lowest ethanol production cost is 
achieved by a iCFBG process with partial oxidation as reforming 
technology. EFG could compete with iCFBG for thermochemical 


ethanol production if flash pyrolysis (thermal pretreatment of bio¬ 
mass necessary for feeding at high pressure) were avoided. Specif¬ 
ically, the MESP could be lowered to 0.74 $/L if a piston-feeder 
were developed [7], As the MoS 2 catalyst performance improves, 
the choice of the reforming technology becomes less important 
for iCFBG processes. Comparison between thermochemical and 
biochemical processes for lignocellulosic ethanol production in 
the current state of technology indicates that MESP of a thermo¬ 
chemical process from wood using iCFBG with partial oxidation 
as reforming technology could be lower than that of the conven¬ 
tional biochemical route from agricultural residue under the 
assumption of same feedstock price (a MESP reduction of 12% is 
estimated here). The results presented are markedly conditioned 
by the choice of energy self-sufficiency as a design criterion so fur¬ 
ther work is necessary to assess the impact of this decision. 
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Appendix A. Calculation of fixed capital cost and operating costs 

The methodology used for the calculation of the fixed capital 
cost and operating costs is identical to that used in the first part 
of the study [7] and a brief summary is presented here. 

The fixed capital cost comprises direct and indirect costs. The 
direct costs are calculated by multiplying the purchase cost of 
the equipment (PEC) by an installation factor. The purchase costs 
are calculated by scaling either from purchase cost correlations 
or quotes from vendors and correcting the effect of inflation by 
using the CEPCI cost index. The installed equipment costs are cal¬ 
culated by applying individual installation cost factors to the 
scaled purchased costs. If the installation factor is unknown it is as¬ 
sumed 2.47 [1] according to Table Al. The total installed cost (TIC) 
is calculated by adding up the cost of the individual equipment. 
The indirect costs are estimated as a percentage of TIC [45], as 
shown in Table Al. Table A2 shows non-confidential cost data of 
the equipment that account for most of the capital investment. 
Cost data of the gasifier, steam methane reformer and oil scrubbing 
are confidential and therefore are not disclosed. Due to lack of 
information the cost of the tar reformer is assumed that of the gas¬ 
ifier as both pieces of equipment have similar configurations. For 
cost calculations four iCFB gasifiers were considered, each one of 
a processing capacity of 125 MW H hv, as this was the maximum 
gasifier capacity offered by a vendor. In the cases of POX, ATR 










al./Applied 


and SMR the four gasifiers share the same pieces of equipment in 
the gas clean-up area. In the TR case, each gasifier has associated 
a tar reformer, all sharing the same gas clean-up train after the 
tar reformer. It should be noted that for a fair comparison the eco¬ 
nomic calculations of the first part of the study have been updated 
as new cost correlations for Selexol plant and factors for indirect 
costs have been used in this second part. 

Finally, the operating costs are calculated according to Table A3. 
Fixed operating costs are calculated as a percentage of the TIC 
while variable operating costs are calculated based on cost of the 
consumables shown. 
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the making of the paper is limited to providing technical informa- 
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